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A modified model for the gas phase catalyzed olefin polymerization fluidized-bed reactors (FBR) using
Ziegler-Natta catalyst is presented in this study. This mathematical model accounts for mass and heat
transfer between the bubbles and the clouds without chemical reaction, between the clouds and the emul-
sion without chemical reaction, and between emulsion and solid with chemical reaction that occurs at the
surface of the catalyst particles. The model accounts for the effect of catalyst particles type and porosity on
the rate of reaction. In this work, the concentration and temperature profiles in the bubble, and emulsion
phases are calculated and the effect of catalyst solid phase on the system is estimated. The effect of impor-
tant reactor parameters such as superficial gas velocity, catalyst injection rate, and catalyst particle growth
on the dynamic behavior of the FBR is investigated and the behavior of mathematical model is compared
with the reported models for the constant bubble size model, well-mixed model and bubble growth model
.Moreover, the results of the model are compared with the experimental data in terms of molecular weight
distribution and polydispersity of the produced polymer at steady state. A good agreement is observed
between our model prediction and the actual plant data.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

The general classification of polyethylene semi-batch reac-
tor models has been considered by many previous studies.
Generally, three main models exist namely; constant bubble
size model [1], well-mixed model [2] and bubble growth model
[3].

These reactor models can be divided into homogeneous and
heterogeneous categories. The pseudo-homogeneous polyethylene
models are the simplest to use in catalyst bed batch reactor
modeling. The basic assumption made is that the reactor can
be described as an entity consisting only of a single (liquid or
gas) phase. On the other hand, heterogeneous models are used
mainly for the case of gas phase polyethylene semi-batch reac-
tors. These use heterogeneous catalysis because of the multi-phase
nature of the process (liquid-solid phase or gas-solid phase) and
also involve inter-phase mass transfer, heat transfer and chemical
reaction [4,5].

Heterogeneous models are used widely especially in poly-
merization system [5,6]. Current research in this important area
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can be divided into two parts namely; mathematical models
for fixed bed catalyst reactor systems and mathematical models
for fluidize bed catalytic reaction for production of polyethy-
lene. Chatzidoukas et al. [4] where the improved heterogeneous
model considers the distinction between the gas phase and solid
phase. Varma (1981) included mixing in the axial direction. Sala et
al. [5] developed a two dimensional mathematical model where
concentration and temperature patterns in the reactor can be
predicted. Zeman and Amundson [6], Zheng et al. [7], Zavala et
al. [8] improved the dynamic optimization of a semi-batch reac-
tor for polyurethane production, Hatzantonis et al. [3] further
improved the two-phase model of the polymerization system. In
previous works, mass transfer with chemical reaction in fluidized-
bed systems either consider all phases (Kunii and Levenspiel,
1969) or the emulsion phase alone (Choi and Ray, 1985; McAuley
etal, 1994) [3,7-9].

In this study the contribution in the modified modeling is by
including the catalyst phase and considering all three phases as
compared to the other models i.e., constant bubble size model,
well-mixed model and the bubble growth model. Simulations
were also performed to study the effect of superficial veloc-
ity and catalyst flow rate in the bubble and emulsion phases.
Comparisons with actual plant data at steady state were also
performed.
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Nomenclature
S}ﬁ concentration of potential “k” catalyst active sites
Ar Archimedes number [= d; pg(ps — pg)g/ 1] (mol/m3)
Ak fraction of metal that can form “k” catalyst active T temperature §K)
Ag cross sectional area of bubble phase (m?) Ty temperature in the bubble phase (K)
Aq cross-sectional area of the bed (cm?) Trer referer_lce temperature (K)
Cg concentration of deactivated catalyst active sites Te emulsion phase temperature (K)
(mol/cm3) Tw wall temperatur_e (K)
Cog specific heat capacity of gaseous stream (cal/g/K) Ts temperature of inlet catalyst (K)
Cpmi specific heat of “I” monomer (cal/mol/K) Ty temperature (,)f,the_fee‘j gas ,(K)
Cp,pol specific heat capacity of polymer product (cal/g/K) Umf minimum ﬂu1dlzat!on velocity (m/s)
Cas adsorbed surface concentration of A in kmol/kg cat- Ue emulsion g;as velocity (m/s)
alyst %4 volumg (m?)
Ces product desorption of B in kmol/kg catalyst Z bed height (m)
Cp product concentration (kmol/kg catalyst) Greek letters
Gy vacant molar concentration sites (kmol/kg catalyst) o ratio between weak to bubble volume
Ceat mass fraction of catalyst in the solid phase Sh bubble phase volume fraction
Cas concentration of monomer gas in bubble phase s fraction of fluidized-bed consisting of bubbles
(kg/m?3) AH;y, heat of reaction (kJ/kg)
Cac concentration of monomer gas in cloud phase e void fraction of the bed at minimum fluidized veloc-
(kg/m?) ity
Che concentration of emulsion phase (kg/m3) g viscosity of gas (g/cm/s)
dbm maximum stable bubble size (cm) Mg live polymer zero
gp Ealratlin?edc'ﬁameter((crr;) uk live polymer
b ubble diameter (cm K .
Dg gas self-diffusion coefficient (cm?/s) fsz lc;‘e/:cllmzmnirer
DX concentration of “dead” copolymer chains ﬁ poly
(mol/cm3) Vi dead polymer
Dped bed diameter (m) vy dead polymer
h random bed height (m) 0 constant ratio
H total bed height (cm) Ps solid density (kg/m3)
Hpf bed height at minimum fluidization conditions (m) . )
Hpe bubble to cloud heat transfer coefficient Subscripts/superscripts
(cal/m3/s/K) B bubble phase
Hee cloud to emulsion heat transfer coefficient cat catalyst property
(cal/m3/s/K) e emulsion phase o
Hpe bubble to emulsion heat transfer coefficient k type of catalyst active site
(cal/m3/s/K) mf minimum fluidization conditions
[Ha] hydrogen concentration (mol/m3) n compartment number
kg gas thermal conductivity (J/m/s/K) ref reference value
ki rate constant of reaction (l/s) 1 monomer gas ethylene
ka thermal conductivity between layers of catalyst par- 2 monomer gas butane
ticles (J/m?/s/K)
k" rate constant of spontaneous reaction (1/s)
Kkt rate constant of chain transfer (1/s)
Kie bubble to cloud mass transfer coefficient (l1/s) 2. Description of the improved mathematical model
Kee cloud to emulsion mass transfer coefficient (1/s)
Kpe bubble to emulsion mass transfer coefficient (I/s) 2.1. Fluidized-bed system
Kh rate constant of chain transfer to hydrogen (1/s)
MFI melt flow index of polymer (g/10 min) In the fluidized-bed system considered here as seen in Fig. 1,
[Me] active metal concentration (mol Me/m3) the reactant gas enters the bottom of the bed and flows up the
[M;] “I” monomer concentration (mol Me/m?3) reactor in the form of bubbles. As the bubbles rise, mass transfer of
Pa partial pressure of A in gas phase the reactant gases takes place between the bubbles and the clouds
Po potential active sites (kmol/m3) and between the clouds and the emulsion without chemical reac-
Py active sites concentration (kmol/m?3) tion. The mass transfer between emulsion and solid with chemical
PDI polydispersity index reaction happens on the surface of the catalyst particles.
Qo volumetric product removal rate (m3/s) The model accounts for the type of catalyst particles and cat-
r radius (m) alyst porosity. This is due to their effects on the rate of reaction
Ta rate expression for the active sites (kmol/kg catalyst) as shown in Fig. 1. The product then flows back into the bub-
Ri(m,t rate expression for live moments ble and finally exits when the bubble reaches the top of the bed.
R{;n i rate expression for dead moments The rate at which the reactants and produ.cts trfmsfer in and out
RK ’ reaction rate of species X at “k” catalvst activesit of Fhe bqbble affects the p_roduct conversion. Literally hundreds
X pecies & at "k catalyst activesites f tigators havi ntributed to what is now regarded
3 of investigators have co uted to what is now regarded as a
(mol/m"/s) fairly practical description of the behavior of a fluidized bed:;
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Fig. 1. Steps of the polymerization process.

Table 1a
List of model assumptions

1 The fluidized bed comprises three phases: bubble, cloud, emulsion
and solid phases.

2 Polymerization reactions occur in emulsion and solid phases.

3 The emulsion phase is at minimum fluidizing conditions.

4 Gas in excess of that required to maintain the minimum fluidizing
condition passes through the bed as the bubble phase.

5 There are negligible radial temperature and concentration gradients
in the bed, due to the agitation produced by the up-flowing gas.

6 There is not negligible resistance to mass transfer between emulsion
and solid phase.

7 The gas phase is composed of ethylene, 1-butene, 1-hexene, nitrogen
and hydrogen.

8 The dynamic of reactions is represented by the rate of reaction at the
surface of two kinds of catalysts rigid and porous catalysts.

9 In this model mass transfer of emulsion molecules occurs on the
catalyst solid particles and reacts at the surface of catalysts particles
(surface reaction) with propagation of polymer particles.

among these is the work of Davidson et al. and Choi and Ray
[1], McAuley et al. [2], Hatzantonis et al. [3]. Early investigators
saw that the fluidized bed had to be treated as a two-phase sys-
tem only: an emulsion phase and a bubble phase (often called
the dense and lean phases) without considering the effects of the
solid phase. The bubbles contain very small amount of solids
[7-10]. Each bubble of gas has a wake which contains a sig-
nificant amount of solids. As the bubble rises, it pulls up the
wake with its solids behind it. The net flow of the solids in the
emulsion phase must therefore be downward. The gas within a

Table 1b
Differences between the modified model and the other models

Table 2
Numerical values of the kinetic rate constants for adsorption, surface and desorption
reactions inside the catalyst layers

Rate constant (s—1) Site type

1 2
Reactant adsorption (Ka) 0.001 0.001
Activation energy (E) (kcal/mol) 9 9
Surface reaction (Ks) 0.001 0.001
Activation energy (E) (kcal/mol) 9 9
Product desorption (Kp) 0.00047 0.00047
Activation energy (E) (kcal/mol) 9 9
Mj+s= M Reactant adsorption
Mjs— Ppjis Surface reaction

Prjs— Pnj ts Product desorption

particular bubble remains largely within that bubble, penetrat-
ing only a short distance into the surrounding emulsion phase.
The region penetrated by gas from a rising bubble is called the
cloud. Emulsions are part of a more general class of two-phase
systems of matter called colloids. In the present model, these
observations were combined with some improving assumptions
to provide a practical, usable model of the fluidized-bed behavior.
The model assumptions are listed in Table 1a and the differ-
ence between our model and all the well known model is shown
in Table 1b.

2.2. Reaction kinetics

In the present study, a comprehensive mechanism is considered
to describe the copolymerization kinetics of ethylene and 1-butane
over a Ziegler-Natta catalyst with two different catalyst porosity
and rigid catalyst sites based on the kinetic model proposed by
McAuley et al. [2]. Rates of formation, initiation, propagation and
chain transfer are different for each site type. This mechanism com-
prises of series and parallel elementary reactions as listed in Table 2.
The rate constants used in this study are those given by kinetic and
pseudo-kinetic [2] and the activation energies are taken from [9] for
porous catalysts the effects of adsorption, desorption and surface
reaction are included in the rate of chemical reaction. The reactions
are listed in Table 3. Side reactions with poisons are neglected in
the present work.

The moment equations are given in Table 4. The method of
moments for live and dead moment is applied for the predica-
tion of the physicochemical characteristics of the polymer such as
molecular weight, polydispersity index and melt flow index.

No. Functions Modified mathematical Constant bubble size model Bubble growth model Well-mixed model
model
1 Phases Bubble, emulsion and cloud Bubble and emulsion Bubble and emulsion Only one phase

Mass transfer from bubble
to the cloud without
chemical reaction

Mass transfer from bubble
to the cloud

Not calculated

Not calculated Not calculated

Mass transfer from bubble
to the emulsion with
chemical reaction

Activation reaction not
depending on the types of

3 Mass transfer from cloud to Mass transfer from cloud to
the emulsion the emulsion without
chemical reaction
4 Mass transfer from Mass transfer from Not found
emulsion to the solid emulsion to the solid with
a chemical reaction
5 Rate of reaction Two types of rate of
reaction for catalysts
porous and rigid. catalysts
6 Energy transfer Solid phase considered

Solid phase ignored

Mass transfer from bubble
to the emulsion with
chemical reaction

Not found

Activation reaction not
depending on the types of
catalysts

Solid phase ignored

One temperature and
concentration change
represented by one phase
only

Not found

Activation reaction not
depending on the types of
catalysts

Solid phase ignored
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Table 3
Kinetic mechanism of olefin copolymerization for rigid Ziegler-Natta catalyst

Table 5
Estimation of the reactor model parameters for mathematical model system

R kn
Spontaneous activation: PO— Py
ki
Initiation: P + M;—>Py j, j=1,2

i

(Formation of Py ;: Py + M,-—i>P1_,-1 i=1,2)
kP
Propagation: Py ; +Mji>P,,+1,j, i,j=1,2,n=1,2,...,00

kP
(Consumption of Py;: Py ; + Mii>P2,j_
kP
G ii
(Formation of Py ;: Py_q i +M;—>Pp ;.

Lj=1,2,n=1,2,...,00)

i,i=1,2,n=1,2,...,00)

K
Poi+Mj—>Py j+Qn,
Kkh
P,“' A H2—1>P6 + Qn,

K
(Formation of Py: P, +M;—>Py ; + Qn,
kf

Chain transfer: b= Zoiil =1, Zncccne

i,j=1,2,n=1,2,...,00

,j=1,2,1=1,2,...,)

(Consumption of Py: Py ; + MjihLPl_j +Q1, i,j=1,2)
Kt
(Consumption of Py;: Py j+Hy—>Ps + Q1 i,j=1,2)

From the kinetic mechanism, the rate expression for the active
sites (r,) for each species can be written as follows:

ra = Active site formation — Active site consumption

2
= K"[P°] = "Ki[Pol[M;] )

j=1

The derivation of the rate expressions based on the kinetic
mechanism for rigid catalyst is given in Table 2.

The over all rate expression for live and dead moment is repre-
sented in Egs. (2) and (3) respectively, as seen below.

Rate expressions for live moments is given as;

k (rp,; % Pn,i)

= —Tpy X Poj = (T, x P ;) =

n
Zkhqu,- +kM; | (1= 8n))
j=1

n
=) KM )
j=1

where §(n) is the Kronecker’s delta function (e.g., 6(n)=1 for n=1
and &(n) =0 for n§(n) # 1).
Rate expressions for dead moments is given as;

= (K'[M] + K"[H2])en (3)

n
ijl-’M,‘Pnfl’j
j=1

The dynamic mass balance for the catalyst is given as:

dCeat _ @ _ QoCeatPcat (4)
dt Ws Ws
Table 4

Moment equations for live and dead polymer

9

%0 = Py o[-rp, — T, +Mr x kf}.] + ki x My

9

L = Pyal=rp, — 1P, ] +an0Mr[kEj +1<fJ.] + kI x My

9
2 =Poa[-1p,

B0 — (KfIM7] + kP[Hz])ito

—1p,; 1+ Pn,oMkaj 3 Mrkfj[Pn,o +2Py 1]+ kI x My

0 = (k[Mr] + kP [Ha g

B2 = (k\[Mr] + kP[H2 )2

0.029
_ —0.72 [ _un? pg | 0021
Emf = 0.586W (T;rzd.ﬁ ) (p[ )
¥=1.6 for Dyeq >1m
1n=8(pc — pg)

3
b Wy Enp
mf = 750 1 T—gpr

dpm =0.652[Ac(tlg — )4

dpm —dp
dpm—dbo
Up =g — Uy +(0.71)(gdp )2

1/2g1/4
Kbc_45 ”mf +585<D - )

/2
D,
Kee = 6.77 (s%b)
y 1/2,1/4

Hye = 4.5 (“4E22 ) + 5.85 7“‘““?5% £

— ¢-03h/D;

Hee — 6. 77(kg/’ngg) 172 (emptp) '/
@)
kpe = (1/kpe + 1/1<ce Hpe = (1/Hpe + 1/Hee) ™!

MFI = 3.346 x 1017 M,>472

Similarly, the mass balance for the potential active sites and
active sites, are

d[P°]  FaaP),  QoP°pcat
d = — — TP(] (5)
t Ws Ws
and
d[Po]  FeatPo  QoPopcat
a ~ Ws Ws o (6)

The rate expression for each species of porous catalyst can be
written and the rate expression for the active sites r; can be written
as follows:

PaKa (7)

From the kinetic mechanism, the rate expression for the active
sites r; can be written as follows:

ra = Active site formation — Active site consumption

k
— knpo _ Zk Py [ Py, l/<D:|

2
— |knpo _ i .
TP | Paka=K'P > kP
j=1
(8)
The rate of reaction r, is used in calculations of the emulsion tem-
perature and concentration in Egs. (13) and (14) respectively.

2.3. Fluidized-bed reactor modeling

The estimation of the reactor model parameters are given in
Table 5. From Fig. 1, it can be seen that the polymerization process
in the fluidized-bed reactor (FBR) occurs in three basic steps as,
follows:

—

. Bubble phase to cloud phase (Step 1).

2. Cloud phase to emulsion phase (Step 2).

3. Mass transfer with chemical reaction from emulsion phase to the
catalyst phase and propagation in size and molecular weight of
the polyethylene particle (Step 3).

The mass and energy balance equations pertinent to each of
these steps are described below where the meaning of all symbols
can be found in the nomenclature section.
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2.3.1. Bubble phase to cloud phase of ethylene (Step 1)
Mass balance;

dc,
2 = ~Koc(Cap — Cac)  AtZ =0, Cap = Cavo (9)
Heat balance;
d _ Hpc
d7[CAb(Tb — Trer)] = ubCpg(Tc - Ty) (10)

2.3.2. Cloud phase to emulsion phase (Step 2)

Mass balance;

3(Umf/Emf) dCac
Upd | —— | ——
b Up — (umf/smf) dz
= Kbc(CAb - CAc) - Kce(CAc - CAe) (]1)
Heat balance;
d H,
Z&[CAC(TC —Tref)] = ucé;g(Te —Te) (12)

2.3.3. Mass transfer with chemical reaction from emulsion phase
to the catalyst phase and propagation in size of the polyethylene
particle

Mass balance;

ArHe s i = Kee[Cac — Cpel]A1HEms + G1(Cap — Cme)

—QoCrme&ms +raWs (13)

Heat balance;

dT, dG
A{H[(1 — emf)psCps + Smfcmfcpg]CT; +A1H(Te - Tref)gmfcpgdime
= —GCmeCpg(Te — Tf) +ABHbe /(Tb — Te)dZ =+ (—AHr)T’a

—Qo(&mf)CmeCpg(Te — Tts) — QoEmCme Cpg(Te — Tr)
—aDH(1 — 8*)hw(Te — Tw) (14)

After mass transfer to the catalysts particles (Step 3), chemi-
cal reaction happens on the surface of the catalyst and propagates
within the polymer particles. This will cause the polyethylene par-
ticles to produce and grow. The particle growth is assumed to be of
spherical shape given by;

d(4r3m) _ Myy(catalyst) x ra x M(mass of catalyst)

3dt Pc
d(r})  Mw xra x M x 0.75 (15)
dt T Pc

The dynamic balances for all other species X* (e.g.,

ks, K, K, v, vk vK) can be expressed as:

dxX k QOkacat
a R Tw (16)

These leading moments are used in the calculation of average
molecular weight My, and number average molecular weight M.

W Wil

(17)
21‘2:1[Mj]
_ M1tV
Mn_W(M0+V0> (18)
_ M2 +Vo
MW_W<M1+V1) (19)

Table 6
Physical constants and operating parameters for the mathematical model system

Cpg =1.84 x 103 J/(kg K)

Cps =1.91 x 103 J/(kgK)
D=2.5(m)

D;=6.0x 107 m?/s

Ea=3.76 x 104 J/mol

H=6m

kg=3.2 x 10-2J/(m sK)

kpo =4.17 x 10°> m>/(kg cats)
(—AH;)=3.829 x 10° J/kg
up=0.4m/s

pg =29 kg/m>

ps =2.37 x 103 kg/m?3

=116 x 1072 kg/(ms)
Co=20kg/m3
qc=139x104g/s
Tref=300K

T¢/Trer = 1.0

Tw/Teer=1.1

Ethylene concentration =40%
1-Butene concentration = 17%
Hydrogen concentration = 9%
Inert gas concentration = 34%

where W; is the ratio of molecular weight of the monomer to that
of the co-monomer.

The relation between the melt flow index (MFI) and the molec-
ular weight of polyethylene is given by the following equation:

MEFI = 3.346 x 107 M,,>47? (g/min) (20)

Polydispersity index (PDI) is defined as the ratio of the aver-
age molecular weight to the number average molecular weight
[11,5,12,8] given as:
M

n

PDI = (1)

2.3.4. Estimation of the reactor model parameters

Model parameters include the bubble velocity at which the bub-
bles move through the column (u;), minimum fluidized velocity
(tf), minimum fluidizing emissivity (&), reactor shape factor
(W), mass transfer driving force (n), particle diameter (dp), max-
imum bubble diameter (d}, ), melt flow index and mass and heart
transfer coefficients. These parameters are calculated using semi-
empirical and empirical corrections. Table 5 gives a list of these
correlations.

305
u,=0.1m/sec
204 - u=0.3m/sec
T — ——  u,=0.5m/sec
=
£
L 3031
2
o
g 302
£
L
o
-_g 301+
=
[21]
300+
299 T T T T T T
0.0 0.5 1.0 1.5 2.0 25 3.0
Height (m)

Fig. 2. Effects of superficial velocity on monomer temperature in the bubble phase
with variable height.
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3. Model solution and analysis

The previously described process model Egs. (1)-(21) incorpo-
rating the parameter values of Table 5 were solved in Matlab using
the Differential Algebraic Equation (DAE) solver with the fourth
order Runge-Kutta method (Table 6).

The process was simulated for the effects of superficial velocity
on monomer temperature in the bubble phase with variable height
and effects of superficial velocity and catalyst flow rate in the emul-
sion phase with variable time on emulsion temperature, emulsion
concentration and molecular weight of the phase.

In the following sections the simulation results are described for
the different phases of the system.

3.1. Bubble phase

Fig. 2 shows the effect of gas velocity on the monomer tem-
perature in the bubble phase for different superficial gas velocities
thorough the reactor height. The temperature profile has an inverse

relationship with the increase in superficial gas velocity. However,
the rate of change in the temperature is higher at low superficial gas
velocity and decreases as the superficial gas velocity value becomes
larger. Since the mass and heat transfer coefficient decreases with
increase of superficial velocity this will lead to reduction in the con-
centration and decrease of the bubble temperature with change of
column height.

3.2. Emulsion phase

Figs. 3 and 4 show the effect of superficial gas velocity and
catalyst flow rate respectively on the temperature, concentra-
tion and molecular weight in the emulsion phase with respect to
time.

It can be seen that the emulsion temperature, monomer con-
centration and molecular weight in the emulsion phase depend
on the values of superficial gas velocity and catalyst flow rate. The
emulsion temperature and molecular weight have an inverse rela-
tionship with the increase in superficial gas velocity. The change

(a) 390
W | e e e e e o e e e e e e o o S o e e e o e e e e e e e e e e e e
5" 380 - -
o ; >————- - ]
£ ol £
g 370 1
g |/
& 360
N — Uu,=0.55m/s
o
o 350 — — us=04m/s
E ———— Uy=0.3m/ls
L
340 T T T T
0 5 10 15 20
Time (h)
(b) 5
(2]
£ — u,=0.55m/s
2 44 — —  u=04mis
5 ———— Ug=0.3mis
g 37
T
@«
g 2
]
O
&
(2] e e e o o e e T o e e S T e e e S e S o S o T . S S e e e S e o S e e
S
LIEJ D T T T T T
0.0 0.5 1.0 15 2.0 25 3.0
Time (h)
(€) 120000
Q2
B e o
€ 1000004 -~
= /
= /
f? 80000+ 'I U
5 s00001/
=
& 40000 u,=0.55 m/s
g — — u=04m/s
% 20000+ ———— Uy=03m/s
E T T T T
0 5 10 15 20
Time (h)

Fig. 3. Effects of superficial velocity in the emulsion phase with variable time for (a) emulsion temperature, (b) emulsion concentration and (c) molecular weight.



A.S. Ibrehem et al. / Chemical Engineering Journal 149 (2009) 353-362

—_
Y
—
B
o
o

359
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340 -
— — — —  Qc=0.002mg/sec
320 — e L
300 ; : . .
0 5 10 15 20
Time (h)
(b)
w 5
E
(=)
> 4
c
9
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=
[7]
Q
5 2
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0.0 : . . ‘
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Fig. 4. Effect of variation in catalyst flow rate in the emulsion phase for: (a) emulsion temperature, (b) emulsion concentration and (c) molecular weight with variable time.

in emulsion concentration has an inverse relationship with the
increase in superficial gas velocity because the mass and heat
transfer coefficient have inverse relationship with increase super-
ficial velocity so, the emulsion concentration reduce that leads
to decrease in the rate of reaction, emulsion temperature and
molecular weight. The emulsion temperature, molecular weight
and emulsion concentration proportionally increases with cata-
lyst flow rate because there is an increase of the rate of reaction
that leads to the increase in emulsion temperature and molecular
weight. All these behavior are shown in Figs. 3 and 4 respec-
tively.

3.3. Polyethylene particles growth

The types of catalyst used affect the propagation of radius
polymer particles due to the adsorption of porous catalyst. This
reduced rate of reaction will have bigger effects on the prop-
agation of catalyst compared to the nonporous catalyst. Model
predictions of the particles growth for porous and nonporous cat-
alysts are shown in Fig. 5. For emulsion temperature, the effect
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Fig.5. Effectofcatalyst typeson particle growth with time for porous and nonporous
catalyst cases.
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Fig. 6. Effect of catalyst types on emulsion temperature with time for porous and
nonporous catalyst cases.
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Fig. 7. Evaluation weight average molecular weight during the residence time of
polymer for fcat=0.001 g/s in the reactor for porous and nonporous catalyst.

of catalyst type used is not found to be significant as shown in
Fig. 6.

3.4. Number average, weight average molecular weight of
polymer, and polydispersity index

Polydispersity index of the polymer is defined as the ratio
of weight average molecular weight to the number average
molecular weight. Figs. 7-9 show that the type of catalyst have
little effect on the number average, weight average molecular
weight and the Polydispersity index. These can also be seen
in Table 7.

Table 7
Effect of type of catalyst on molecular weight and number average molecular weight
calculations at time 3.5h

Molecular weight Number average molecular

(kg/kmol) weight (kg/kmol)
Rigid catalyst 106,700 33,406
Porous catalyst 106,300 33,387

fcat=0.001g/s.
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Fig. 8. Evaluation number average molecular weight during the residence time of
polymer for fcat=0.001 g/s in the reactor for porous and not porous catalyst.
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Fig. 9. Evaluation of polydispersity index during the residence time of polymer in
the reactor for porous and not porous catalyst.

4. Model validation with previous models and
experimental data

Comparison of the three previously available models; the well-
mixed model, the constant bubble size model, the bubble growth
model and modified model in terms of their dynamic predications
is shown in Figs. 10 and 11, and Table 1b. The figure indicates that
the predications of the four models are close to each other at the
startup conditions of the reactor operation. However this behavior
changes as the process dynamics proceeds in time and by the end of
the time of reaction, the modified model becomes closer to Hatzan-
tonis (bubble growth model) and Well-mixed model. However the
Choi and Ray model (constant bubble size model) has the largest
deviation from the modified model.

The close behavior of modified mathematical model to the bub-
ble growth model is mainly due to the fact that the active site
reaction happens in the emulsion phase which occupies an area
of more than 92% of the total system area. The well-mixed model
performance is also, close to the modified mathematical model
because in both models the reaction is considered to occur in all
the system. The difference between the two models is in the num-
ber of phases considered. The constant bubble size model considers
two phases but the rate of reaction does not occur in all the system.

In summary the dynamic behavior of the modified model is
very close to the bubble growth and well-mixed models in the
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Fig. 13. Actual versus model predicted emulsion temperature

initial stages and starts to differ with change in the time. The
accuracy of the steady state behavior of these models can be seen
from their comparison with actual plant data [13,14] as shown in
Figs. 12 and 13 for the MFI and emulsion temperature respectively.
The condition related to the different sample number can be seen
in these references [13,14]. Further more the change in butene and
hydrogen compositions when one of them increased lead to pro-
duce the dead polymer in site active reaction that make the models
very close to each other.

5. Conclusion

A modified dynamic three-phase structure model was devel-
oped in this work. This model takes into account the presence of
particles participating in the reaction with emulsion and catalyst
phases which depend on superficial velocity and catalyst feed. In
addition, heat and mass transfer between the bubble and the cloud
as well as between the cloud and the emulsion phases was included.
The solid phase was considered in the mass transfer calculations.
Model simulations indicate that it is capable of predicating reactor
performance indicators as well as calculating the changes of poly-
mer particles size throughout the transience of the reaction. The
model presented in this work was compared with three previously
available models and results of the proposed model were compared
with experimental data at steady state for MFI and emulsion tem-
perature of the polyethylene production process. From its observed
accuracy, we can conveniently use this model as a predictive tool to
study the effects of operating, kinetic and hydrodynamics param-
eters on the reactor performance as well as polymer properties.
The comparison results between the modified model and the other
three available models gave good indication about the behavior of
the present model which is very close to that of the bubble growth
model and the well-mixed model in the initial stages but different
with change in time. The model developed here will also be used
in model-based prediction control to control the reactor which is
part of our future work.
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